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Experiments were conducted to study the hydrodynamics of a gas- 
liquid-solid fluidized bed containing low-density particles. The density 
and size of the particles employed were comparable to those ordinarily 
encountered in fluidized-bed bioreactors for either wastewater treat- 
ment or fermentation. A dual resistivity probe and a conductivity probe 
were employed to study the axial holdup of gas and liquid phases and 
the bubble size distribution. The behavior of the axial holdup distribution 
for solid, gas, and liquid phases is reported. A mechanistic model, 
based on solids entrainment and deentrainment mechanisms by bub- 
bles, is developed to describe the behavior of the axial solids holdup 
distribution. The model is shown to satisfactorily account for the experi- 
mental data. 
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Introduction 
The application of gas-liquid-solid fluidized-bed systems to 

biotechnological processes such as fermentation and aerobic 
wastewater treatment has gained considerable attention in re- 
cent years. In these three-phase biotechnological processes, bio- 
logically catalytic agents, either enzymes or living cells, are 
incorporated into the solid phase through immobilization tech- 
niques. Typically, enzymes or living cells are entrapped within 
natural or synthetic polymer gel particles or are attached to the 
surface of solid particles. These biologically active particles 
usually have an intermediate size from 500 pm to 3 mm, and a 
density very close to that of the liquid medium. For instance, 
alginate and agar gel particles, two widely used solid carriers in 
fermentation, have densities ranging from 1,020 to 1,050 kg/m’. 
A sand particle with a diameter of 600 pm coated with a 200 pm 
biofilm has a density of about 1,300 kg/m3. 

One of the characteristics of a three-phase fluidized bed of 
low-density particles which most distinguishes it from that of 
high-density particles is the axial nonhomogeneity of the holdup 
(i.e., volume fraction) of the phases. Nonhomogeneity of the 
axial phase holdups is also common in slurry bubble columns. 
The behavior of slurry bubble columns has been extensively 
reported in the literature (Cova, 1966; Imafuku et al., 1968; 
Farkas and Leblond, 1969; Kato et al., 1972; Brian and Dyer, 
1984; Ueyama et al., 1985; Smith and Ruether, 1985), whereas 
for three-phase fluidized beds, only a few studies have addressed 
the nonhomogeneity of the phase holdups. These studies have 

Cormpondma concerning this p p r  should be addressed to L.S. Fan. 

been primarily concerned with the freeboard behavior involving 
large (d, > 4.8 mm) or heavy but small particles (Begovich and 
Watson, 1978; El-Temtamy and Epstein, 1980; Kato et al., 
1985). Little has been reported regarding the in-bed phase 
holdup behavior involving low-density particles. The nonhomo- 
geneity in the individual phase holdups affects the heat and 
mass transfer properties and hence the reactant conversion in a 
system where chemical reactions take place. Thus, understand- 
ing the phase holdup behavior is essential to the design, control, 
and optimum operation of a three-phase fluidized bed contain- 
ing low-density particles. 

In this study, the bubble and phase holdup characteristics of a 
three-phase fluidized bed containing low-density and interme- 
diate size particles are investigated. An electrical conductivity 
probe is utilized for axial liquid holdup measurements. A 
mechanistic model is developed to account for axial solids 
holdup variation in the three-phase fluidized bed. 

Phase Holdup Measurements 
In a three-phase fluidized bed of heavy particles, the solids 

bed height can be determined from the interception of the two 
straight lines tangent to the pressure profiles in the two-phase 
and three-phase regions (El-Temtamy and Epstein, 1980). In 
preliminary experiments of this study, the pressure profile of a 
fluidized bed of polystyrene particles exhibiting a nonuniform 
axial distribution of solids appeared very close to a single 
straight line through two-phase and three-phase regions. Thus 
the pressure gradient method can no longer be used. Informa- 
tion about the individual phase holdup distributions is therefore 
needed to characterize such systems. 
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Evaluation of the axial holdups of the gas, liquid, and solid 
phases in a three-phase fluidized bed is usually performed by 
determining one axial phase holdup and obtaining the other two 
by solving Eqs. 1 and 2 simultaneously: 

where cs, e,, and ec are the axial holdup (i.e., volume fraction) of 
solids, liquid, and gas, respectively. These equations are ob- 
tained based on the one-dimensional steady-state mass and 
momentum balances. Equation 2 assumes negligible interaction 
between gas and solids, which is valid for the light, wettable par- 
ticles used in this study. The second term on the righthand side 
of Eq. 2 is the average convective flux of momentum arising 
from the axial nonuniformity of phase holdups. In a fluidized 
bed, there is no net flow of solids through the system. At steady 
state, the average momentum flux of solids, psesus(du,/dz), at 
any axial position is therefore zero. The entire convective 
momentum term vanishes when the phase holdups are invariant 
with respect to axial position. Fw accounts for the frictional loss 
due to fluid-wall interactions. Later, it will be shown experimen- 
tally that the convective and frictional terms of Eq. 2 are negligi- 
ble for three-phase fluidized beds of low-density particles. The 
simplified equation thus becomes: 

(3) 

In order to solve for the holdup of each of the three phases 
based on Eqs. 1 and 3, an additional relationship is required. 
This relationship is usually obtained by direct measurement of 
the axial holdup of one individual phase. However, direct mea- 
surement of the gas holdup using, for example, an electrical 
resistivity probe (Matsuura and Fan, 1984), does not yield rea- 
sonable values of the solids and liquid holdups after solving Eqs. 
1 and 3, due to the very small density difference between the 
particles and liquid. Thus, it is necessary to measure directly 
either solids or liquid holdup. Direct sampling of solids has been 
extensively used in slurry bubble columns with particles smaller 
than 200 pm to measure the axial solids holdup. For larger, 
fluidized particles, however, this method requires laborious cali- 
bration due to significant particle inertia effects (Page and Har- 
rison, 1974). 

In this study, the axial liquid holdup was directly measured 
using an electrical conductivity method. The conductivity 
method was utilized because the relationship between the dis- 
persed phase holdup and the effective electrical conductivity of a 
heterogeneous system has been subjected to rigorous theoretical 
treatments. In addition, the thermal conductivity, dielectric con- 
stant, and magnetic permeability of a heterogeneous material 
can be formulated in a way precisely analogous to that used in 
the treatment of the electrical conductivity. Consequently, the 
theoretical and experimental results derived for any of the above 
phenomena can be readily applied to others (Turner, 1976). 
These theoretical treatments lay the foundation for wide appli- 

cability of the conductivity method in measuring the volume 
fraction of either the dispersed or the continuous phase in a mix- 
ture. Tedious calibration can thus be minimized. 

Maxwell (1881) provided the first theoretical analysis relat- 
ing the effective conductivity, k,  to the dispersed phase holdup, 
t d ,  of a heterogeneous two-phase system containing a dilute and 
randomly, homogeneously distributed spherical dispersed 
phase. The equation is expressed as: 

and B is given by: 

k d - k ,  ( Y - 1  kd 

kd + 2k, (Y + 2 '  kc 
p=- - -  a = -  

where k, and kd are the conductivity of the pure continuous and 
dispersed phases, respectively. 

Bruggeman (1935) considered the effective conductivity of a 
heterogeneous system containing spheres of a wide size distribu- 
tion. For nearly nonconductive dispersed spheres (a = 0), his 
equation simplifies to: 

Buyevich (1974) formulated an approximate theory to evalu- 
ate the effective thermal conductivity of a composite material 
composed of randomly distributed spherical granules with vari- 
able sizes and thermal conductivities. He viewed the dispersed 
particles as being surrounded by the continuous phase, of which 
the thermal potential is disturbed by the presence of the par- 
ticles. The mutual exclusiveness of the spheres in space was 
taken into account. In addition, distribution of particle size was 
considered. The disturbance due to the presence of the dispersed 
particles was approximated by the point dipoles superimposed 
on the unperturbed potential field of the continuous phase. The 
equations thus obtained are lengthy, but can be simplified as fol- 
lows for (Y e 1: 

k 24 - 17ed 
k, 24 + 1 9 ~  
-- - (7) 

It is seen that the conductivity mainly depends on volume frac- 
tion of dispersed phase but not on the particle size variation. 

In addition to theoretical derivations, empirical expressions 
have also been proposed (Begovich and Watson, 1978; Kato, et 
al., 1981) with the form: 

where n is commonly in the range from 1 .O to 1.5. 
Particle shape affects the effective conductivity-particle vol- 

ume fraction relationship. Such an effect has been extensively 
discussed by Meredith and Tobias (1962). 

The above theoretical equations have all been found applica- 
ble for phase holdup measurements in liquid-solid systems, 
depending on the particle size and shape, and perhaps the probe 
dimension and design. Turner (1976) reported that the Maxwell 
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equation held well even at high cd (up to packed bed values) and 
low ar (< lo)  for fluidized beds of uniform, spherical particles 
smaller than 1 mm dia. The Bruggeman equation, on the other 
hand, was found to predict closely the effective conductivity of a 
well-mixed liquid-solid system containing spherical particles 
with a diameter from 0.063 to 6.25 mm (De La Rue and Tobias, 
1959) and of a fluidized bed of 0.6 mm sand particles of irregu- 
lar shape (Nasr-El-Din et al., 1987). 

The conductivity probe method was used to measure axial liq- 
uid phase holdup in three-phase fluidized beds of large (d, 4.8 
mm) particles (Begovich and Watson, 1978) and of small to 
intermediate size (0.42 < dp < 2.2 mm) glass beads (Kato et al., 
1981). In both cases, the probe was calibrated based on the liq- 
uid-solid system, and Eq. 10 with n equal to 1 .O and 1.2, respec- 
tively, was found to be applicable. No calibrations were per- 
formed in the three-phase system by Kato et al. (1981) and a 
poor agreement in liquid phase holdup calibration was presented 
by Begovich and Watson (1978). In the present study, the probe 
is calibrated in gas-liquid, liquid-solid, and three-phase systems 
and the respective literature equations are tested for their appli- 
cability. 

Analysis 
The axial solids distribution in a three-phase fluidized bed 

results from complex solids entrainment and deentrainment 
mechanisms due to the dynamics of bubble motion. During the 
course of a bubble's rise in a three-phase fluidized bed, liquid 
and solids are continually entrained into the wake that follows 
the bubbles. Bubbles also translate both liquid and solids near 
bubble roof upward, an effect known as'drift. The wake and 
drift effects are lumped together and are defined here as being 
contributed by the bubble-engagement phase. This region is dis- 
tinct from the particulate fluidization region and is assumed to 
rise at the same velocity as the bubbles. The solids in the engage- 
ment region are discharged by continuous settling due to gravity 
and by periodic wake shedding from the engagement region. 
The detailed mechanisms of solids entrainment and deentrain- 
ment have recently been explored by Tsuchiya and Fan (1988). 

There are a few mathematical models proposed for describing 
the axial solids distribution in a slurry bubble column or in the 
freeboard region of a three-phase fluidized bed. The most widely 
used model is the so-called dispersion-sedimentation model 
(Cova, 1966, Imafuku, et al., 1968): 

dCs + UpCs = 0 for zero solids throughflow (9) 
Ez dz 

where E, is the solids axial dispersion coefficient and Up is the 
so-called solids settling velocity. This model, however, does not 
consider pertinent physical mechanisms. Consequently, the 
physical meaning of the Up term is dubious and has been sub- 
jected to inconsistent interpretations by various investigators. 
For instance, Up was regarded as the single particle terminal 
falling velocity (Cova, 1966; Kojima and Asano, 1981), the hin- 
dered settling velocity of a particle swarm (Imafuku et al., 1968; 
Ueyama at al., 1985), or, with E,, as an adjustable parameter 
obtained by fitting the model to experimental data (Kato et al., 
1972; Smith and Ruether, 1984). 

Other models formulated based on simplified mechanisms 
have also been proposed. El-Temtamy and Epstein (1980) 

modeled the deentrainment and entrainment of solids in the 
freeboard of a three-phase fluidized bed as a stagewise partition 
process. The size of each stage corresponded to the distance 
traveled by a bubble during which a wake shedding occurred. 
Dayan and Zalmanovich (1982) modeled the solids dispersion of 
a slurry bubble column system for bubbles with a closed turbu- 
lent wake; Turi and Ng (1986) formulated a model for solids 
entrainment merely by the upward drift of small spherical bub- 
bles in a slurry bubble column. 

In the present model, the three-phase fluidized bed is 
regarded as consisting of three distinct regions: the bubbles, the 
bubble-engagement region, and the liquid-solid particulate 
fluidization region. The present system is mostly operated under 
the dispersed bubble regime. The interaction among bubbles 
and among the bubble-engagement regions associated with each 
bubble is assumed to be negligible. A mass balance around the 
engagement region associated with each bubble in the three- 
phase fluidized bed yields: 

(10) 

where V, is the total volume of the three-phase fluidized bed; Nb 
is the total number of bubbles in the system; C* is the overall 
holdup of the bubble-engagement phase and is related to the 
overall gas holdup, FGr by: 

The first term on the righthand side of Eq. 10 accounts for the 
rate of solids entrainment into the engagement region. It is pos- 
tulated proportional to the solids concentration in the particu- 
late fluidization phase cs,, and the average velocity of solids rela- 
tive to the bubble rise velocity u,, across the effective area A.. 
The second term is the rate of solids discharge from the engage- 
ment phase, accounting for solids discharge by settling and peri- 
odic wake shedding. For simplicity, the solids discharge is 
approximated as a continuous discharge process with a rate pro- 
portional to the solids concentration in the engagement region 
tS, and an average solids discharge velocity v d ,  which flows 
across an effective area A,,. The entrainment of solids into the 
wake region occurs for solids originally on top of the bubble and 
which have a trajectory lying within the liquid shear layer near 
the lateral edge of the bubble (Tsuchiya and Fan, 1988); the 
engagement of solids with the drift depends on the flow field of 
liquid surrounding the bubbles. The phenomena are very com- 
plex and are very difficult to quantify. Therefore, the boundary 
of solids entrainment and deentrainment areas can not be 
clearly defined. As will be shown later, direct evaluation of these 
areas is not necessary for the present analysis. Under the condi- 
tion of no interaction among the engagement regions associated 
with each bubble, the axial position of the bubble can be related 
to the time coordinate by: 

At steady state, the upward flow of solids in the engagement 
phase must be balanced by a net downward flow of solids in the 
particulate fluidization phase. A mass balance around a differ- 
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ential section of the bed gives: particulate fluidization region, and es related to Cs by: 

CS(1 - = Psf-s (22) 
(13) dtsc d (upesf) 

ubee = ef 7 
The velocity of solids relative to the liquid, us, is given as: 

Integrating Eq. 13 from z to H, the exit of the bed, with the 
boundary condition: 0, = up + ULf (23) 

where uLf is the linear liquid velocity in the particulate fluidiza- 
tion phase, and the velocities are expressed in terms of absolute 
scalar magnitudes. Substituting Eq. 23 into Eq. 21, one 
obtains: 

dese d (vpesf) 
dz dz esI = esf - 0 or - = - = 0 at z = H (14) 

yields: 

(24) df-S 
dz E, - + (us - VLf)es  = 0 ubf-&se = uperesf at any z (15) 

where up is the absolute magnitude of the linear net downward 
velocity of solids in the particulate fluidization region. Com- 
bining Eqs. 10, 12, and 15 gives: 

With the assumption that the engagement region rises at the 
Same velocity as the bubbles, the linear liquid velocity in the par- 
ticulate fluidization region is given by the material balance: 

Consider that the solids concentration in the engagement 
phase relative to that in the particulate fluidization phase, x, 
that is, 

is only a weak function of the axial position, and may be 
assumed constant with respect to the axial position (El-Tem- 
tamy and Epstein, 1980). Substituting Eq. 17 into Eq. 16 and 
rearranging gives: 

Define E,  as: 

The E, term thus represents the solids dispersion due to solids 
upward flow in the engagement region and solids entrainment 
and deentrainment effects. It may be a weak function of z,  but 
can be approximated as constant. The solids concentrations, esf 
and eS, are interrelated by mass balance: 

(20) 
f-S eS es, = - = 

xea + €f X W G  + ( I  - ec - 7%) 

Using Eq. 20 and with x and 7) assumed constant with respect to 
axial position (see Figure 3 for justification of the constant ec 
assumption), Eq. 18 can readily be converted to: 

The resultant proposed model takes the same form as the disper- 
sion-sedimentation model, Eq. 9, with E, accounting for the sol- 
ids upward dispersion, up representing the solids settling in the 

(25) 

Assuming that the particulate fluidization region is not in- 
fluenced by bubbles, v, can be related to the liquid holdup in the 
particulate fluidization phase, cLf,  by any appropriate equation 
for particulate fluidization, for example, the Richardson-Zaki 
expression: 

- - UL - ( U c / e ) ( l  - X~Sf)llf-G 

(1 - f-SfN1 - f-G - V G )  

where Wm is the terminal falling velocity of a single particle in an 
infinite liquid medium, esf is given by Eq. 20, and n is found 
using the correlation equations given by Richardson and Zaki 
(1954). 

The solids distribution in the entrance region of the bed is 
complicated by the jetting effects of gas and liquid flows. The 
proposed model may not be practically applicable to this region. 
This is evidenced in some operating conditions where a constant 
solids concentration with respect to the axial distance is 
observed for this region. The boundary condition can therefore 
be expressed by: 

es=em for z c L ,  (27) 

where em is the experimental solids holdup within the constant 
solids holdup height, L,. To obtain the axial solids distribution, 
Eqs. 24 to 26 and Eq. 27 are solved simultaneously. The parame- 
ters E,, 0, x, and L,,, cannot be directly predicted due to the com- 
plexity of the system. The numerical values of these parameters 
are obtained by parametric fitting of Eqs. 24-26 to the experi- 
mental axial solids concentration profile. A nonlinear pattern 
search algorithm is employed for the parametric fitting, which 
gives a minimum value of the sum of squares of the error under 
the constraints that: 0.8 I x c 1.3; 0 c E,; 0 I 7 c 10; and that 
mass conservation: 

W l" es(z) dz - - 
PSA 
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is maintained. Wis the total solids weight. The constraint on x is 
imposed based on recent results obtained by Kitano and Fan 
(1988). Equation 24 cannot be explicitly integrated. Its solution 
is obtained numerically using the fourth-order Runge-Kutta 
method. 

Experimental Method 
A diagram of the three-phase fluidized bed apparatus used in 

this study is shown in Figure 1. The main column is a transpar- 
ent acrylic cylinder of 7.65 x m ID and 1.285 m length. A 
cylindrical stainless steel screen with a nominal pore size of 0.75 
mm is placed at the top of the column to prevent the elutriation 
of particles at high gas and/or liquid flow conditions. Air and 
liquid are introduced through a two-phase distributor where the 
two phases are premixed in a packed-bed portion, then redistrib- 
uted into the bed through a PMMA ( p l y  methylmethacrylate) 
porous plate with a nominal pore size of 30 pm. The liquid tem- 
perature for all the experimental runs was maintained at 24 * 
OSOC.  Table 1 summarizes the properties of particles used in 
this study. 

The axial liquid holdup (averaged over the cross section at 
any axial position) is measured by an electrical conductivity 
probe of a design similar to that used by Begovich and Watson 
(1978). The probe consists of two platinized platinum elec- 
trodes. The electrodes are 0.02 m long and 0.01 m wide, and are 
attached to two pieces of 3.0 mm stainless steel tube. The two 
tubes are fixed 180° apart on an elliptic ring support 0.3 m above 
the electrodes. The elliptic ring is made from 1.2 mm dia. stain- 
less steel tubing; its principal axis is equal to the inside diameter 
of the column. Insulated wires are passed through the stainless 
steel tubing and connected to a conductivity meter. The output 
signal of the conductivity meter is interfaced with an IBM per- 
sonal computer. At least 1,000 data points were sampled and 
averaged for each axial holdup measurement. 

A dual electrical resistivity probe (Matsuura and Fan, 1984) 
was used to determine the bubble size distribution. This probe 

Soreen 

3 
EI 
d i O v e r f l w  T 

Figure 1. Three-phase fluidized bed. 
TC, temperature controller 

Table 1. Physical Properties of Particles 

pm 4 kg'7m3 m/s GO m/s %I 
Particles 

Polystyrene (pS2000) 2,000 1,050 0.026 0.001 1 
Acetate (AT1000) 1,000 1,300 0.048 0.0017 
Acrylic (AR1500) 1,500 1,180 0.055 0.0029 
Nylon (NY6350) 6,350 1,150 - - 

was also used to measure the axial gas holdup. The overall gas 
holdup of the present system was determined by the quick-clos- 
ing-valve technique, that is, simultaneously shutting off the gas 
and liquid flows. The use of inclined manometers was required 
to obtain accurate pressure data due to the small density differ- 
ence between the particles and the liquid phase. 

Results and Discussion 
Probe calibration 

When applying the conductivity method for phase holdup 
measurements, it is essential to identify a valid equation that 
applies to both liquid-solid and liquid-gas systems such that the 
method can be consistently extended to three-phase systems. All 
experimental runs in this study used tap water as the liquid 
phase. Figure 2 summarizes the calibration results for various 
spherical particles in a liquid-solid fluidized bed. The figure 
shows that the measured effective conductivity-solids holdup 
relationship of acetate 1 .O mm particles follows the Bruggeman 
equation very closely, while the Buyevich equation, Eq. 7. best 
fits all the results with particles larger than 1.0 mm-acrylic, 
polystyrene, and nylon particles-for a solids holdup smaller 
than 0.4. The necessary condition, namely a a: 1, for applying 
Eq. 7 is met in the present tap water-solids systems, as exempli- 
fied in Figure 2 from the calibration result for polystyrene par- 
ticles in a 1 .O M NaCl solution. The Buyevich equation also pre- 
dicts the data of glass beads of 1.5,2.8. and 5.5 mm from Figure 
11 of Nasr-El-Din et al. (1987). Figure 2 also shows the calibra- 
tion results for the gas holdup in a gas-liquid system at various 
gas flow rates. It is seen that both the Maxwell and Bruggeman 
equations are applicable for a gas holdup up to approximately 
0.13, and the Buyevich equation accurately describes the effec- 

0 
'9 

Buyevich eqn. 

Bruggeman eqn. 
Begovich - Watson eqn. 
Kato et a]. eqn. 

.... .. ...- Maxwell eqn. 

- 

0 PS2000 In tap water 
L PS2000 in 1 M NaCL s 
0 ARlSOO in tap water  
0 NY6350 in tap water 
+ AT1000 in tap water  

0 
0.30 0.44 0.58 0.72 0.88 1 .oo 

K/Kc 

Figure 2. Probe calibration for liquid-solid fluidized beds 
and for a gas-liquid system. 
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Figure 3. Axial gas holdup in a three-phase fluidized bed 
of polystyrene particles. 
CIA Calculated using Eqs. 1 and 3 

tive conductivity-gas volume fraction relationship up to a gas 
holdup of 0.2. Note that the empirical equations proposed by 
Begovich and Watson (1978) and Kato et al. (1981) do not give 
satisfactory predictions for both gas-liquid and liquid-solid sys- 
tems. 

The applicability of the Buyevich equation to both liquid- 
solid and gas-liquid systems provides a basis for its use for gas- 
liquid-solid systems with spherical particles of sizes greater than 
1.5 mm. For acetate 1 .O mm particles, the gas holdup obtained 
in this study was less than 0.14. The Bruggeman equation can 
thus be applied to the three-phase system of acetate particles. 
The applicability of the conductivity method and the equations 
described above are further verified by examining the sum of the 
experimentally measured overall gas holdup and overall solids 
holdup, and the overall liquid holdup integrated from the axial 
liquid holdup determined by the conductivity probe. The sums 
for all experimental runs are found to be I f 0.003. 

Figure 3 shows a comparison of the axial gas holdup deter- 
mined from the electrical resistivity probe, the overall gas hold- 
up, and the calculated axial gas holdup based on Eqs. 1 and 3 
with measured liquid holdup and axial pressure profile. The 
close agreement in these comparisons reveals that: 

1. The contribution of both the wall friction and the convec- 
tive flux resulting from nonuniform phase holdups distribution 
in Q. 2 can be neglected without introducing any significant 
error. 

2. The axial gas holdup variation in beds of low-density par- 
ticles can be regarded as negligible. 

The invariant gas holdup with axial position was also 
observed by Smith and Ruether (1985) in their slurry bubble 
column system. In addition, integrating the axial solids holdups 
obtained from Eqs. 1 and 3 gives an overall solids mass within 
i8% of the solids weight, justifying that the axial solids holdup 
can be determined accurately by using the conductivity probe, 
differential pressure measurements, and Eqs. I and 3. 

Average gas holdup 
The average gas holdup of the three-phase fluidized beds was 

evaluated using the quick-closing-valve technique. Figure 4 

Lo 
N 
o " I 
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a: 
1 
d 
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0 
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0 Bubble column 

a Polystyrene 2.0 w 

o Acetate 1.0 mm 

+ Acrylic 1.5 om 

0 
0 00 0 01 0 02 0 03 0 04 0 05 

Superflclal Gas Velocity (m/s) 

Figure 4. Average gas holdup in a bubble column and In 
three-phase fluidized beds of listed particles. 
U, - 0.008 m/s 

shows the variation of the average gas holdup with the superfi- 
cial gas velocity for a gas-liquid system (bubble column), and 
fluidized beds of 4.8 vol. % of polystyrene, acrylic, and acetate 
particles. It is seen that the addition of solid particles to the gas- 
liquid system reduces the gas holdup. The overall gas holdup 
appears to decrease with increasing terminal velocity of the par- 
ticles employed. 

Axial solids holdup distribution 
In a slurry bubble column system, the solids concentration 

can usually be well described by an exponential function of axial 
position. This is, however, not the case in the present system. 
Furthermore, there exists a constant solids concentration region 
near the distributor, which may result from the jetting of gas 
and liquid flows. Figure 5 shows the axial solids holdup distribu- 
tion of polystyrene 2.0 mm particles. It is seen that at a superfi- 
cial liquid velocity of 0.008 m/s, the effect of gas velocity in the 
range from 0.007 to 0.028 m/s on the axial solids holdup distri- 

2 
0 

a 
3 m  
L20 
4 0  
0 rc 

m 
0 
0 

A 0 , 0 2 8  0.008 t t \ 

0 

0 
0 0  0 2  0 4  0 6  0 8  1 0  

D I M E N S I O N L E S S  B E D  H E I G H T  

Figure 5. Effects of superficial gas velocity on axial sol- 
ids holdup distribution, polystyrene particles. 
Curves: results fitted by proposed model 
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bution is small. The small effect of gas velocity on the axial sol- 
ids holdup distribution was also observed by Smith and Ruether 
(1985) in a slurry bubble column at gas velocities much higher 
than those used in this study. Figure 5 also shows that increasing 
gas velocity tends to slightly increase the solids concentration 
near the distributor region. 

The bubble size distributions for beds of polystyrene particles 
at a superficial liquid velocity of 0.008 m/s and at superficial 
gas velocities from 0.007 to 0.028 m/s are shown in Figure 6. 
The bubbles are uniform in size in all four operating conditions. 
The average bubble chord lengths for superficial gas velocities 
of 0.007, 0.014, 0.021, and 0.028 m/s are 2.48, 3.00, 3.11, and 
3.41 mm, respectively. The results clearly reflect that the oper- 
ating conditions are characterized by the dispersed bubble flow 
regime. 

The values of L,,,, E,, q, and x obtained from the parametric 
fitting procedure are tabulated in Table 2. As shown, L,,, 
remains nearly constant with respect to gas velocity. The values 
of x obtained are mostly 0.8, and values of I )  do not vary signifi- 
cantly with gas velocity. It is noted that E, incre-bses signifi- 
cantly with increasing gas velocity, while the axial solids holdup 
distribution is only slightly affected by the gas velocity. This 
behavior can be attributed to an overall effect that at higher gas 
velocity more liquid is channeled through the bed from the bub- 
ble-engagement phase. Thus, the liquid flow through the partic- 
ulate fluidization phase is greatly reduced, which in turn affects 
the solids dispersion. 

Figure 7 shows the solids holdup distribution of polystyrene 
particles operated in a batch condition with the static height 
ratio of liquid to solids (HL/Hs) ,  or equivalently the solids con- 
centrations, as the parameter. In batch operation, the particles 
are suspended purely by gas flow and there are no net flows of 
liquid and solids. It is noted that for all the conditions studied a 
uniform solids distribution in such an operation has never been 
reached. An increase in the solids concentration (or decrease in 
H,/H,) reduces the extent of nonuniformity of solids distribu- 
tion. The values of E,, x ,  and q obtained for the batch operations 
are also included in Table 2. For the same gas velocity, approxi- 
mately the same E, is obtained for different HL/H,. The circula- 
tion velocity of liquid in the particulate fluidization phase thus 

POLYSTYRENE 2.0 mm PARTICLES UL = 0.0082 m/s 

1 

NO 000 0 002 0004 0006 0 008 0 0 1 0  

1 
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" " ' ' ' 8 ' ' ~  

- .  
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BUBBLE CHORD ~ LENGTH (m) 

Figure 6. Bubble chord length distribution, polystyrene 
particles. 

Table 2. Values of L, E, r), and x Obtained from Model 
Fitting to Experimental Data 

UL u, L m  Ex 
Particle m/s m/s Regime* m m'/s q x 

Polystyrene 0.0082 0.0069 D 0.255 0.0106 4.61 0.8 
0.0082 0.0138 D 0.259 0.0166 4.46 0.9 
0.0082 0.0207 D 0.243 0.0363 3.89 0.8 
0.0082 0.0276 D 0.245 0.0612 3.78 0.8 

0.0 0.0276 D 0.117 0.0610 2.71 0.88 
4 0.0 0.0276 D 0.191 0.0651 4.10 0.95 
6 0.0 0.0276 D 0.174 0.0669 3.80 0.95 
8 0.0 0.0276 D 0.185 0.0645 4.02 0.94 

Acrylic 0.0082 0.0137 T 0.100 0.0412 4.96 0.8 
0.0082 0.0276 T 0.068 0.0599 4.08 1.3 
0.0164 0.0069 D 0.219 0.0038 2.76 0.8 
0.0164 0.0137 D 0.200 0.0066 3.97 0.8 
0.0164 0.0207 D 0.199 0.0135 4.00 0.8 
0.0164 0.0276 D 0.210 0.0260 4.05 0.8 

Acetate 0.0082 0.0137 T 0.049 0.0216 4.2 0.8 
0.0082 0.0276 T 0.057 0.0262 2.6 1.3 
0.0164 0.0137 D 0.211 0.0117 3.40 0.8 
0.0164 0.0276 D 0.206 0.0299 4.96 0.8 

*D, dispersed flow; T, transition flow 

plays a crucial role in the uniformity of the solids distribution in 
the bed. A higher liquid circulation velocity is obtained for a 
lower total liquid height, and hence a more uniform solids distri- 
bution in the bed. 

The effects of gas and liquid velocities on the axial solids 
holdup distribution of acrylic 1.5 mm particle are shown in Fig- 
ure 8. The bed height and solids holdup determined based on the 
pressure gradient method are also shown in the figure. It is clear 
that the bed height and solids holdup thus obtained do not char- 
acterize such a system. Figure 8 also shows that decreasing liq- 
uid velocity increases the solids dispersion significantly. This is 
because, over the gas velocity range studied, a few regime transi- 
tion from the dispersed bubble regime to the transition regime 
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Figure 7. Axial solids holdup distribution, polystyrene 
particles, batch operation. 
U, - 0 m/s 
Curves: results fitted by proposed model 
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between the dispersed and coalesced regimes occurs due to the 
liquid velocity. The bubble chord length distributions for fluid- 
ized beds of acrylic particles at various gas and liquid velocities 
are shown in Figure 9. At a liquid velocity of 0.016 m/s and a 
gas velocity of 0.014 m/s, the bubbles in the bed were observed 
to be ellipsoidal in shape, fairly uniform in size, and to rise with- 
out coalescence. The maximum chord length is less than 8.0 mm 
(or approximately 12 mm in terms of equivalent diameter) for 
gas velocities of both 0.014 and 0.028 m/s. On the other hand, at 
the lower liquid velocity (i.e., 0.008 m/s) bubbles with a chord 
length larger than 1 1 mm (the corresponding equivalent diame- 
ter being greater than 15 mm) were observed to emerge and rise 
in the center of the bed. The mean bubble chord lengths for all 
the conditions, ranging from 3.03 to 4.13 mm, do not vary con- 
siderably. Therefore, the large bubbles, although in much 
smaller number, are the dominating factor responsible for the 
solids dispersion. Increasing the gas velocity from 0.014 to 0.028 
m/s increases the bubble size and the relative proportion of 
large bubbles, and hence an increased solids dispersion. 

The results calculated based on the proposed model using the 
parametric values for L,,,, E,, 7, and x as given in Table 2 are also 
shown in Figure 8. A very good agreement between the model 
and the experimental data is obtained. At a higher superficial 
liquid flow rate (in the dispersed bubble regime), L,,, remains 
approximately constant with respect to gas velocity. At a lower 
liquid flow rate (in the transition regime), L,,, decreases with 
increasing gas velocity, and the solids holdup in this region 
increases with gas velocity, marking a phenomenon resembling 
bed contraction. Under the same superficial liquid velocity, E, 
increases appreciably with the superficial gas velocity. Note 
that the same solids axial dispersion coefficient also fits very 
well the axial solids holdup distribution for two overall solids 
concentrations (4.8 and 9.5 vol. %) operated under the same 
conditions and flow regime (U, - 0.014 m/s and U, - 0.016 

The effect of liquid velocity on the solids dispersion of acetate 
1.0 mm particles, shown in Figure 10, resembles that for acrylic 
particles. In this case a flow regime transition is also encoun- 
tered as liquid velocity is reduced from 0.016 to 0.008 m/s. At a 

m/s). 
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UL * 0 016 mls 

i Acryl ic  1 . 5  mm p e r e i c l e s  

UG - 0 014 m l s  
UL - 0 016 m l s  

m 

---- 
0 * 0 . 0 4 8  0.014 0.008 0.0412 
A + 0.068 0 . 0 1 4  0.016 0.0016 
V 0 .048  0.028 0.016 0.0260 
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*and + designate the s o l i d  bed heighrs 
derermined based on the 
pressure gradient method 
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Figure 8. 

0.2 0.4 0 8  0.8 1 .o 
DIMENSIONLESS BED HEIGHT 

Axial solids holdup distribution, acrylic par- 
ticles. 
Curves: results fitted using p r o w  model 
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Figure 9. Bubble chord length distribution, acrylic 
particles. 

given flow regime, the effect of gas velocity on the solids disper- 
sion of acetate particles is found to be small. 

As shown in Table 2, the values of x obtained for different 
particles and operating conditions lie mostly between 0.8 to 
0.95, which is in reasonable agreement with that calculated 
based on the El-Temtamy and Epstein (1978) equation where 
the calculated x values vary from 0.78 to 0.92. Values of tj do not 
vary significantly with gas velocity; neither do they vary signifi- 
cantly with the constraint imposed on x in the parametric esti- 
mation. The 7 values consistently lie between 2.0 and 5.0, which 
is in good agreement with the results obtained by Tsuchiya and 
Fan (1988), who showed that tj for a spherical cap bubble rising 
in a liquid-solid fluidized bed varies from 2 to 6. Under the dis- 
persed bubble regime, the values of L,,, are approximately con- 
stant for all three particles. It appears that the smaller the ter- 
minal velocity of the solids, the larger the value of L,,,. 

E, is a decreasing function of solids terminal velocity, as evi- 
denced in Table 2. In the dispersed bubble regime, a correlation 
equation for E, expressed as a function of the particle terminal 
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Figure 10. Axial solids holdup distribution, acetate par- 
ticles. 
Curves: results fitted using propcsbd model 
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velocity and the superficial gas velocity is obtained as: 

E, = 0.080 UkuUa’.22 (29) 

with a correlation coefficient of 0.976. In Q. 29, Ez is in m2/s, 
UG and U, are in m/s. For practical purposes, a value of 3.5 and 
0.8-0.9 for 7 and x ,  respectively, can be used together with Eqs. 
24 to 27 and 29 to estimate the solids holdup distribution in a 
three-phase fluidized bed of particles with Urn ranging from 
0.025 to 0.055 m/s and operated in the dispersed bubble 
regime. 

Conclusions 
The solids concentration in three-phase fluidized beds con- 

taining low-density particles exhibits a significant axial varia- 
tion. Utilizing an electrical conductivity probe coupled with dif- 
ferential pressure profile to make measurements is a viable 
approach for determining the axial phase holdups in such sys- 
tems. For spherical particles larger than 1.5 mm, the data from 
the conductivity probe can be accurately related to the liquid 
holdup in a three-phase fluidized bed by the Buyevich (1974) 
equation. The Bruggeman (1 935) or Maxwell ( 1  88 1) equations 
can be used for particles smaller than 1.5 mm. The axial varia- 
tion of gas holdup in this system is negligible. 

In the dispersed bubble regime, gas velocity has only a slight 
effect on the axial solids holdup distribution. The solids disper- 
sion increases significantly with a decrease in the liquid velocity, 
corresponding to a transition from the dispersed to the coalesced 
bubble regime. In the transition regime, the effect of gas veloc- 
ity on the axial solids holdup distribution is not appreciable. 

The proposed mechanistic model has the same form as the so- 
called dispersion-sedimentation model but offers significant 
physical interpretation of the model parameters. For a three- 
phase fluidized bed of low density and intermediate size par- 
ticles under dispersed bubble regime operating conditions, the 
model has been demonstrated to satisfactorily account for the 
axial solids holdup distribution behavior. 
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Notation 
A,, = effective area through which solids deentrainment flux crosses, 

A, - effective area through which solids entrainment flux crosses, m2 
Cs = solids concentration; weight of solids per unit volume of both sol- 

dp - diameter of solid particles, m 
E, - axial solids dispersion coefficient, m’/s 
Fw - frictional force between fluids and wall, N 

g = gravitational acceleration, m’/s 
H - total height of column, m 

m2 

ids and liquid, kg/m3 

HL = static height of liquid in batch operation, m 
Hs =. static solids bed height in batch operation, m 

k = effective electrical conductivity of a heterogeneous system, mho 
kd - electrical conductivity of disperse phase, mho 
k, - electrical conductivity of continuous phase, mho 
Lm - constant solids holdup height in a three-phase fluidized bed, m 

n - Richardson-Zaki index 
Nb = total number of bubbles in system 
P = pressure of three-phase fluidized bed system, N/m‘ 

ub = bubble rise velocity, m/s 
uL = linear liquid velocity, m/s 
u, - linear convective velocity of solids, m/s 
UG - superficial gas velocity, m/s 
UL - superficial liquid velocity, m/s 

Umf = minimum fluidization velocity of a liquid-solid fluidized bed, 
m/s 

m/s 

m/s 

Up - settling velocity of solids, m/s 
Ua = terminal velocity of a single particle in an infinite liquid medium 

v d  = average solids deentrainment velocity relative to bubble rise, 

v, = average solids entrainment velocity relative to bubble rise, m/s 
vLf - linear liquid velocity in particulate fluidization phase, m/s 
up - linear net downward velocity of solids in particulate fluidization 

v, - solid settling velocity relative to liquid, m/s 
V, = total volume of three-phase fluidized bed, m3 
W - total weight of solids loaded to system, kg 
x = solids partition coeffcient, - ese/esf 
z = axial coordinate. m. 

region, m/s 

Greek letters 
a * kd/ kc 
fL3 = (a - l)/(a - 2) 
6d = Volume fraction of dispersed phase in a heterogeneous system 
c, = overall volume fraction of bubble-engagement phase 
6, - overall volume fraction of particulate fluidization phase 

eG = axial voliim fraction of gas phase in a three-phase fluidized bed 
ZG - overall voluae fraction of gas phase in a three-phase fluidized 

tL = axiaf volume fraction of liquid phase in a three-phase fluidized 

eL, - axial liquid volume fraction in particulate fluidization phase 
cs - axial volume fraction of solids phase in a three-phase fluidized 

Zs - overall volume fraction of solids in a three-phase fluidized bed 
tse - axial volume fraction of solids in bubble-engagement phase 
esf - axial volume fraction in particulate fluidization phase 

pG - density of gas, kg/m3 
pL - density of liquid, kg/m3 
ps = density of solid particles, kg/m’ 

bed 

bed 

bed 

1) - %/C. 
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